Introduction
The methanation of CO, viz. the production of CH 4 from the reaction between CO and H 2 , is important in satisfying the increasing demand for synthetic natural gas (SNG):
A number of transition metals have been shown to be active in catalysing Reaction (1),
including Ni, Ru, Rh, Pt and Co (Vannice, 1975; Khodakov et al., 2007; Tada and Kikucha, 2015) . Nickel-based catalysts remain promising candidates for methanation reactions in industrial processes because of their high activity and low cost. The reaction of CO and H 2 over a nickel-based catalyst is less selective towards methane than is CO 2 methanation (Weatherbee and Barholomew, 1981) . Side reactions include the water-gas shift reaction (R2), the Boudouard reaction (R3) and polymerisation to higher hydrocarbons (R4):
Two main mechanisms, illustrated in Figure 1 , have been proposed in the literature for the methanation of CO:
(i) The first involves adsorbed CO dissociating to adsorbed carbon and oxygen, which are hydrogenated to CH 4 and H 2 O (e.g. Ho and Harriet, 1980; Klose and Baerns, 1984; Sughrue and Barholomew, 1982, Tada and Kikucha, 2015) .
(ii) The second mechanism involves an oxygenated species, such as a COH x complex.
Figure 1 (ii) shows an example of the reaction scheme proposed by Vannice (1975) , where an enol intermediate was proposed. Araki and Ponec (1976) studied the rate of hydrogenation of surface carbon species by admitting a known volume of 13 CO to a clean Ni film followed by the introduction of a CO 2 was detected. This suggests that adsorbed carbon does not recombine with oxygen to form CO or CO 2 molecules. Also, CO dissociates into surface carbon and oxygen from the observations that the Boudouard reaction is active on nickel catalysts above 250°C (Tøttrup, 1976; Rostrup-Nielsen and Trimm, 1977; Gardner and Bartholomew, 1981) . While many agree that mechanism (i) is a reasonable description, different kinetic rate expressions have been proposed based on different assumptions of the rate-limiting steps and the species present (Ho and Harriet, 1980; Klose and Baerns, 1984; Sughrue and Barholomew, 1982; Xu and Froment, 1989) , discussed later in this paper. Figure 1 . Schematic diagram of reaction mechanisms for CO methanation (i) via the dissociative adsorption of CO, (ii) via an enol intermediate. Vannice (1975) , van Herwijnen et al. (1973) and Huang and Richardson (1977) proposed rate expressions consistent with mechanism (ii). catalyst, under operando conditions in an IR cell. A mixture of CO and H 2 was passed over the catalyst bed and the FT-IR spectra of the adsorbed species were obtained at different reaction temperatures. Significant IR bands for formate and carbonate groups were observed, indicating the presence of oxygenated species on the surface. They also found that methane was produced after a catalyst sample pre-treated with methanol was heated in H 2 , suggesting that oxygenated species formed from the adsorption of methanol follow a certain reaction to form CH 4 . Similar IR bands were observed by Fujita et al. (1993) , who noted that the amounts of linear carbonyl species were much larger in CO methanation compared to CO 2 methanation and suggested that the presence of a considerable amount of carbonyl species on the surface inhibits the rate of CO methanation. Using density functional theory calculations (DFT) on different model surfaces of nickel, Andersson et al. (2008) showed that the dissociation of CO via a COH complex has a slightly lower activation energy compared with the direct dissociation of CO to adsorbed C and O. They also showed that at temperatures higher than 850 K, the rate-limiting step became the hydrogenation of surface carbon, consistent with the observations by Sughrue and Barholomew (1982) .
Further investigation is necessary to improve understanding of CO methanation. The aim of this paper was to obtain a representative kinetic expression valid over a wide range of partial pressures of CO and H 2 . A way of validating rate expressions is to examine their applicability over a wide range of partial pressures of reactants and products, conveniently achieved by conducting the reaction in a batch reactor (Lim et al. 2015) . Here, we have studied the kinetics of the methanation of CO 2 in a gradientless, spinning-basket reactor operating in batch.
Experimental

Materials, apparatus and method
The catalyst, reduced 12 wt% Ni/-Al 2 O 3 , was synthesised as described in detail by Lim et al. (2015) , who also give details of the apparatus and technique employed. Information on the characterisation of the catalyst is given in Supplementary Information Section 1. The total available surface area and the pore size distribution was measured by gas adsorption analysis and determined using the BET and BJH models. Temperature programmed studies were performed by off-gas analysis in a CATLAB microreactor and in a thermogravimetric analyser (TGA) in order to determine the different oxidation states within the samples. The TGA was also used to confirm the mass fraction of Ni in the fully oxidised sample and determine the fraction of metallic Ni which could be oxidised at room temperature. Powder X-ray diffraction (XRD) was used to determine the different crystalline phases within the solid samples. The dispersion of surface Ni on the sample was measured by pulse H 2 chemisorption experiments, which was performed in the CATLAB apparatus.
Reaction studies were undertaken in a Carberry, spinning basket reactor to study the behaviour of the catalyst in the presence of CO, H 2 O or both. Depending on the experiments, gas from cylinders containing (i) 24 vol% CO, 4 vol% Ar, H 2 balance (± 2 vol% precision, BOC), (ii) pure H 2 (99.99 vol% purity, Air Liquide), (iii) CO 2 (99.99 vol% purity, Air Liquide), (iv) CO (BOC), (v) CH 4 (99.5 vol% purity, Air Liquid), (vi) N 2 (99.998 vol% purity, Air Liquide) and (v) Ar (99.998 vol% purity, Air Liquide) was used to pressurise the reactor.
In a typical experiment, the basket in the reactor was first loaded with a known amount of catalyst and packed with a non-porous, inert glass beads (1.4 mm diam.), such that about 5.0 g of catalyst pellets were mixed with an equal mass of glass beads in the basket.
The reactor was sealed, evacuated using a vacuum pump and then heated to 250°C. The catalyst was then subjected to a flow through the reactor of 100 ml/min (at room temperature and pressure) of H 2 with stirring at 1.7 Hz for 12 hours at 1 bar. Following reduction in H 2 , the reactor was evacuated again and the internal temperature of the reactor brought to the desired reaction temperature. The rate of the reaction of interest was studied in batch by bringing the reactor to a desired initial pressure and composition, using gas supplied from cylinders connected to the reactor. A protocol for introducing gas was developed, described by Lim et al. (2015) , which resulted in the final pressure of the reactor being consistently achieved with a precision of ± 0.1 bar. A stirrer speed of 9.2 Hz was always used. The entire process of bringing the reactor to the desired pressure and starting the stirrer after the introduction of the gases typically took 10 -15 s.
After the reactive gases were introduced into the reactor, the changes in the composition of its contents were measured over time. This was performed by taking volumes of 4 ± 0.2 ml (at atmospheric temperature and pressure) from the sampling line leading from the reactor using a gas-tight sampling syringe. Prior to the removal of the sample by the syringe, the gaseous contents of the sampling lines were evacuated by the vacuum pump. Gas from the reactor was then allowed into the sampling line. The gas collected was evacuated once again before the actual sample was taken. This procedure ensured that the composition of the sample of gas obtained from the reactor was representative of the contents of the bulk phase of the reactor volume. Only about 6 -10 samples were taken for each experiment in order to minimise the errors incurred from the removal of gaseous contents from the reactor. The composition of the sample was analysed using off-line gas chromatography (Agilent 7890 GC Extended Refinery Gas Analysis) by passing the sample in the syringe through the sampling loop in the gas-chromatograph. The sampling loop in the gas chromatograph was evacuated using a vacuum pump before the gaseous contents of the syringe were introduced.
The composition of the gas given by off-line gas chromatography is only equal to the bulk phase of the reactor if all species in the gas phase are above their dew point at room temperature and pressure. This was not the case for most reactions performed because water was involved as a product or a reactant. Since the analysis by gas chromatography provided a water-free composition of the gas, the partial pressures of different species in the gas phase of the reactor were determined by using argon as an internal standard, such that
where i p is the partial pressure of species i, i x is the mole fraction of species i in the syringe,
Ar
x is the mole fraction of Ar in the syringe and Ar,0 p is the partial pressure of argon at the start of the reaction. In most experiments, gas cylinders (of different mixtures of H 2 , CO 2 and CO) contained 4% Ar. Hence, Ar,0 p could be easily determined by measuring the total pressure of the reactor and multiplying with the known composition of the cylinder.
Parameters affecting the measurement of kinetics
Control experiments
The collective catalytic activity of the supporting Al 2 O 3 , the interior surface of the reactor and the nickel oxides present in the catalyst was investigated for the methanation of CO. Thus, 5.0 g of the support (3 mm dia. SA-62125 alumina spheres, Saint-Gobain) was mixed with 5.0 g of non-porous glass beads (1.4 mm diam.). The Carberry reactor was evacuated and then 7.2 bar of H 2 , 2.4 bar CO and 0.4 bar Ar was admitted to the evacuated reactor. The composition of the reactor was measured periodically by taking small samples of the gas from the reactor volume analysed by offline gas chromatography as described above. However, the maximum amount of methane observed was 1.5 × 10 -4 bar after 6361 s, significantly smaller than that observed when a similar mass of active catalyst was used. It was therefore concluded that the oxidised form of the catalyst was inactive in the catalysis of CO methanation and that the support material used in the synthesis of the Ni/Al 2 O 3 catalyst, the interior surface of the reactor and the nickel oxides present in the catalyst could collectively be taken as inert compared to the reduced nickel catalyst. Replicate experiments were performed using the same batch of catalyst for five repeated runs. Figure 2 shows were of shorter duration than those using CO. Also, Ni-based catalysts undergo less deactivation during the methanation of CO 2 methanation compared to that of CO (Chang et al., 1997; Zhang et al., 2013) .
Catalyst deactivation
(a) (b) (c) (d)
Effect of heat and mass transfer external to the catalyst particle
The effect of heat and mass transfer from the bulk gaseous phase of the reactor to the external surface of the catalyst pellet was studied by performing CO methanation reactions, with an so that the decrease in the observed rate of reaction could have been attributable to the enhanced dissipation of heat with increased impeller speeds. To investigate whether heat transfer is significant during typical experimental conditions, the difference between the bulk temperature and the surface of the particle, T p , was estimated by a pseudo-steady heat balance on the catalyst pellet:
where ' r is the specific rate of reaction,
is the heat of reaction, T ∞ is the temperature of the bulk phase, cat is the density of the catalyst, R 0 is the radius of the pellet and h is the heat transfer coefficient. The initial rate of consumption of CO at the reference initial condition (2), T p , ~ 0.4 K. However, for a stationary particle, T p was ~ 1.3 K, suggesting a very slight effect from heating effects. However, the empirical evidence showed there to be negligible differences in the response of the reaction in the batch reactor for impeller speeds >7.1 Hz, so all experiments were performed using an impeller speed of 9.5 Hz. Thus, it could be assumed that there were negligible effects of heat and mass transfer from the bulk volume of the reactor to the surface of the catalyst.
Effect of intra-particle heat and mass transfer
Using a rate of consumption of CO during methanation at 463 K of 9.9 × 10 -4 mol kg -1 s -1
and an average pore diameter of 8.9 nm, the Weisz-Prater number (Weisz and Prater, 1954)
was ~ 0.008, much smaller than the estimated threshold of 0.3 at which mass transfer limitations are expected to become significant. Here, C s was the concentration of CO in mol m -3 . Given the small pore diameter, the effective diffusivity, D eff , was taken to be the product of the Knudsen diffusivity of CO and ( 2 ), with  = 0.60 and  2 assumed to be 3. Here,  was determined from the cumulative pore volume of the Al 2 O 3 support, accounting for pores ranging from 17 to 300 nm in diameter, of 0.55 cm 3 g -1 . The group ( 2 ) is appropriate for use with the model of Young and Todd (2005) to model diffusion within the particle of catalyst.
To estimate the temperature difference between the centre and the surface of the pellet, the model of reaction and diffusion in a catalyst pellet of Lim and Dennis (2012) The behaviour of the 3 mm dia. pellet was equal to that of the 1.7 -2.3 mm pellets, suggesting that intra-particle mass transfer limitations were small.
Effect of total pressure
The effect of total pressure was investigated by comparing the experimental results methanation for different initial partial pressures of the inert gas N 2 , first admitted to the evacuated vessel before the CO and H 2 were introduced at 463 K. There was no observable effect of total pressure on the CO methanation reaction for partial pressures of N 2 up to 6 bar.
Results
General features
This section The origin of the CO 2 is attributable to the water-gas shift reaction. Other results, Lim et al. (2016) , indicated that the rate of the water-gas shift reaction, in an atmosphere with high The carbon balance for the batch reaction is illustrated in Figure 3 (a). Here, the total amount of carbon in the gas phase in equivalent partial pressure, C p , was calculated as where no significant increase in the partial pressures of C 2 H 6 and C 3 H 8 were found after t ≈ 4500 s. Since the carbon balance of the reaction could not be fully addressed by all the species in the gas phase, the selectivity of the CO methanation reaction is best expressed as a fractional conversion of CO to species i, ,
where CO, 0 p is the initial partial pressure of CO. Of course, the values of i F , HC,i p , CO p and 2 CO p varied with time as the reaction proceeded and the variation of the i F for different hydrocarbons is illustrated in Figure 5 (a). In this paper, the term 'selectivity' refers to the qualitative description of the product distribution while 'fractional conversion' is a 
Effect of p H 2
The effect of 2 H p on the rate of CO methanation was studied by first raising the pressure of the evacuated reactor to a desired pressure with pure H 2 before a mixture of 24 vol% CO, 72 vol% H 2 and 4 vol% Ar was introduced. Figure 6 illustrates changes in the partial pressures of CO, H 2 , CH 4 and CO 2 over time for different initial partial pressures of H 2 .
Figure 6 (a) shows that increasing the partial pressure of H 2 increased the rate of consumption of CO. In fact, the rate of consumption of CO increased from 9. Since the rate of consumption of CO was faster, the transition from period I to II also occurred earlier for higher partial pressures of H 2 , reflected in the profiles of CO and CH 4 in Figure 6 (a) and (c). The maximum in 2 CO p with time also occurred earlier, consistent with the observation that the consumption of CO 2 occurred only when CO p had fallen to zero.
The rate of production of CH 4 was significantly greater than the increase in the rate of consumption of CO with higher partial pressure of H 2 . The initial rate of production of CH 4 when = 7.2 bar was 2.3 × 10 -4 mol CH 4 kg -1 s -1 increasing by a factor of 2.3 to 5.2 × 10 -4 mol CH 4 kg -1 s -1 when = 13.2 bar, significantly higher than the increase in the rate of consumption of CO as noted earlier. The marked increase in the rate of production of CH 4 is the result of (i) the inherent increase in the rate of reaction and (ii) the increase in the selectivity towards methane, both a result of the higher ratio of partial pressure of H 2 to CO. represented by C p , appeared to be closer to the initial value of C p = 2.4 bar with higher partial pressures of H 2 as illustrated in Figure 8 and consistent with the observation that more CH 4 was produced. This also suggests that with higher , there was a smaller rate of formation of liquid hydrocarbons or surface carbonaceous species which led to more gaseous hydrocarbons. 
Effect of p CO
Here, the pressure of the reactor was raised to a desired pressure with pure CO before the introduction of the mixture of CO and H 2 in order to study the effects of variations in CO p . Figure 9 shows that the rate of reaction, calculated from the rate of consumption of Figure   9 (c) when CO was in excess. It was also noted that, for , 2 CO p continued to increase for the duration of the reaction, consistent with the observation that the consumption of CO 2 only occurs after CO has been depleted. To study the effect of CO 2 , the reactor was first raised to the desired pressure with pure CO 2 before the mixture of CO and H 2 was introduced. The initial rates of reactions were identical for all different initial partial pressures of CO 2, 
Effect of p H 2 O
Effect of temperature
The effect of temperatures from 443 to 473 K on the rate of CO methanation reaction was studied using the reference initial condition of CO,0 2. It is interesting to note that the selectivity of the reaction was not affected by temperature.
Results, shown in the Supplementary Information Section 5, indicated that the fractional conversion to CH 4 remained approximately constant at 0.26 within period I and increased to about 0.44 after the transition to period II, i.e. after the depletion of CO. The fractional conversions to other hydrocarbons were also found to be unchanged for the temperature range explored. Therefore, it can be concluded that the selectivity of the reaction was not a strong function of temperature, for temperatures 443 -473 K, and that temperature only has an effect on the overall rate of reaction.
Temperature-programmed studies
Following CO methanation in the Carberry reactor, the spent catalyst was kept in a sealed glass jar after its removal from the reactor, after the final reaction -the methanation of CO 2 -had been conducted. During the transfer from the reactor, the nickel on the catalyst would have been partially oxidised by atmospheric oxygen and some of the weakly adsorbed species
would have left the surface of the catalyst. The spent catalyst was subsequently subjected to temperature-programmed studies using the CATLAB apparatus. In an experiment, 50 mg of spent catalyst was placed in the quartz, tubular reactor and then subjected to a temperature programme whilst gases of various, fixed composition were passed through the packed bed of catalyst in the reactor. In all studies, the catalyst was subjected to a flowrate of the chosen gas mixture of 40 ml/min (at room temperature and pressure) at 120°C for 1 hour before the temperature was increased at a linear rate of 10°C/min. Different gases were used during the temperature ramp: Figure 14 shows the temperature programmed desorption (TPD) with a flow of 40 ml/min (at room temperature and pressure) of He, Figure 15 The TPD results show the evolution of H 2 , CO 2 , CO and CH 4 in two main regions; a sharp, narrow peak at 200°C and a broad peak ranging from 300 to 500°C. The evolution of water, illustrated in Figure 14 (b) shows two broad peaks, probably the result of some moisture on the catalyst as well as the possible reduction of nickel oxide by adsorbed H 2 or hydrocarbons. The evolution of carbon dioxide shows some interaction between the adsorbed carbon species with nickel oxide. It also demonstrates the presence of carbonaceous species on the surface of the catalyst during CO methanation. The TPH shows the evolution of CO 2 , CO and CH 4 at about 200°C, illustrated in Figure 15 . Broad peaks for CO 2 and CH 4 were also observed at a higher temperature of 280 -500°C. However, no evolution of CO was observed within this temperature range. Compared to the TPD, the broad peaks for CO 2 and CH 4 at the higher temperatures appeared to start at a lower temperature in the hydrogenation experiment.
This suggests that the carbonaceous material on the surface of the catalyst was more easily removed by reacting with H 2 than in an atmosphere of helium. It is also noted that the profile of H 2 O evolution shown in Figure 15 (b) is similar to that of the temperature-programmed reduction of the passivated catalyst, which is unsurprising given that some of the catalyst would have been partially oxidised after its removal form the Carberry reactor.
In the TPO in Figure 16 , CO 2 and CO were detected over a wide range of temperatures, ranging from 120 to 500°C. No significant CH 4 was observed over the duration of the experiment, as seen by its complete absence in both Figure 16 (a) and (b), suggesting that most adsorbed carbonaceous species were oxidised directly to CO 2 . Since the profiles of CO 2 and CO followed the same pattern, it is likely that the profile of CO is the result of the mass spectrometer detecting the CO fragment which originated from CO 2 . The profile of H 2 O also followed a similar pattern, suggesting the combustion of hydrocarbons to form CO 2 and H 2 O.
These temperature-programmed studies show the presence of two main forms of carbon on the surface of the catalyst following CO methanation: one which could be reduced and hydrogenated at 200 -300°C and another in the region of 300 -500°C.
(a) (b) Figure 14 . Temperature-programmed desorption using CATLAB on a spent Ni/-Al 2 O 3 catalyst after CO methanation in the Carberry reactor. A temperature ramp of 10°C/min was used. Signals of (a) hydrogen, carbon dioxide and carbon monoxide and (b) methane and water were plotted against temperature. The flow rate of He was 40 ml/min (at room temperature and pressure).
(a) (b) Figure 15 . Temperature-programmed hydrogenation using CATLAB on a spent Ni/-Al 2 O 3 catalyst after CO methanation in the Carberry reactor. A temperature ramp of 10°C/min was used. Signals of (a) hydrogen, carbon dioxide and carbon monoxide and (b) methane and water were plotted against temperature. A flow rate of 40 ml/min (at room temperature and pressure) of a gas mixture of 5 vol% H 2 in He was passed through the catalyst bed.
(a) (b) Figure 16 . Temperature-programmed oxidation using CATLAB on a spent Ni/-Al 2 O 3 catalyst after CO methanation in the Carberry reactor. A temperature ramp of 10°C/min was used. Signals of (a) hydrogen, carbon dioxide and carbon monoxide and (b) methane and water were plotted against temperature. A flow rate of 5 ml/min (at room temperature and pressure) of O 2 and 35 ml/min of He (at room temperature and pressure) was passed through the catalyst bed. N.B. methane was below the limit of detection in (b).
The import of these observations is discussed in Section 5, below, after the modelling has been introduced and discussed.
DRIFTS measurements
The surface of the catalyst was probed using in-situ DRIFTS in which 50 mg of fresh, passivated 12 wt% Ni/-Al 2 O 3 catalyst was packed as a differential bed in the reactor chamber and supported by a wire mesh. The catalyst was reduced at 450°C for 2 hours under 100 ml/min (at room temperature and pressure) of H 2 . Following reduction, a mixture of 90 ml/min (at room temperature and pressure) of H 2 and 30 ml/min (at room temperature and pressure) of CO was introduced into the reaction chamber and passed through the differential bed. In-situ IR spectra were obtained at temperatures from 463 -723 K. Figure 18 illustrates the main features of the IR spectrum obtained at 463 K at steady-state during CO methanation at atmospheric pressure. It is noted that the peaks at 2180 and 2120 cm -1 in Figure 17 (a) are the result of the CO in the gas phase, which was confirmed with the reference IR spectrum of carbon monoxide. The presence of fringes around this region was attributed to the rotation of gas phase CO molecules. The peak at 2070 cm -1 is the result of linear carbonyl groups on the surface of the catalyst. The large peaks at 1600, 1390, 1380 and 1330 cm -1 in Figure 17 (a) can be attributed to formate groups. The peak at 2900 cm -1 was also attributed to the presence of formate groups, as shown in Figure 17 (b).
Following CO methanation at 463 K, the stream of CO was turned off and only H 2 was passed through the catalyst bed. Spectrum (ii) in Figure 17 was obtained after 40 minutes in a flow of H 2 of 90 ml/min (at room temperature and pressure). The amount of carbonyl species, measured by the peak at 2070 cm -1 , decreased significantly. However, a significant quantity of carbonyl species were still present after 40 minutes in a flow of H 2 , indicating a strong adsorption of CO on the surface of nickel. The intensity of the absorbance bands of the formate groups remained unchanged at the end of this period. This can be compared with CO 2 methanation (results shown in Supplementary Information Section 6) where the carbonyl groups disappeared completely after 40 minutes in H 2 whilst the formate groups experienced only a small decrease in intensity. Figure 17 . Infrared spectra of adsorbed species in the range of (a) 1200 -2400 cm -1 and (b) 2600 -3200 cm -1 formed on reduced 12 wt% Ni/Al 2 O 3 in a flow of (i) 90 ml/min (at room temperature and pressure) of H 2 and 30 ml/min (at room temperature and pressure) of CO and (ii) in 100 ml/min (at room temperature and pressure) of H 2 only, taken after 40 mins following the introduction of H 2 . The DRIFTS spectrum of the catalyst under He at 463 K was used as the background.
Theory
Reactor model
The batch reactor was modelled using the following set of ordinary differential equations, allowing for the water-gas shift reaction and the fact that the selectivity of the reaction towards CH 4 was only about 25% of the consumed CO:
  
Here 1 ' r is the rate of CO methanation, 2 ' r is the rate of the water-gas shift reaction,  is the consumption ratio of H 2 to CO in reaction 1 ' r and  is the fractional conversion of CO of (a) (b) CH 4 . The value of  is an average of the stoichiometric ratio of H 2 to CO based on the relative rates of Reactions (1) and (4). In the foregoing, the value of  was found to be constant for temperatures 453 -473 K, but to be a strong function of the ratio of H 2 to CO.
The fractional conversion of CO to CH 4 was also found to be largely constant during period I, viz. before the depletion of CO. A linear correlation for  was estimated as a function of the ratio of the initial partial pressure of H 2 to CO. The line of best fit had a gradient of 0.044 ± 0.008, intercepting the ordinate at 0.16 ± 0.03, where the uncertainty represents a 95% confidence interval. A correlation coefficient of 0.91 was obtained. This correlation was used to estimate the value of  in the solution of the above equations. It can also be assumed that
Reactions (1) and (4) were the two main reactions during the reaction. Therefore, the consumption ratio of 2 H p to CO p ,  , was estimated using
Equations (6) to (11) were solved using the initial conditions of the experiments, i.e.
for t = 0,
where p i is the partial pressure of component i in bar and p i,0 is the initial partial pressure of species i. Given suitable rate expressions for 1 ' r and 2 ' r , the equations were solved using the MATLAB solver ode45 to give the variation of the partial pressures of CO, H 2 , CH 4 , H 2 O and CO 2 with time, for comparison directly with the experimental measurements.
Kinetic modelling
This Section investigates different expressions for the rate of CO methanation,
represented by 1 ' r in the above equations, using a Langmuir-Hinshelwood approach. The active sites for the reaction were assumed to be identical and their distribution uniform throughout the catalyst pellets. Extra-particle and intra-particle transport effects were taken to be absent. Four kinetic models are listed in Table 2 . For Models I to III, it was assumed that CO methanation proceeded via the dissociative adsorption of CO with a sequence of steps:
where k i and k -i are the forward and reverse rates of reaction of the specified elementary step.
Further steps include hydrogenation of the  C and the subsequent desorption of 4 CH  to form CH 4 in the gas phase. This involves a succession of steps of the form:
Three rate expressions, Eqs. (13) to (15) were derived based on different rate limiting steps and the most abundant surface species, given in Table 2 . Model IV assumed an Eley-Rideal mechanism, where the rate-limiting step was taken as the reaction between gaseous H 2 and adsorbed CO, i.e.
collapses to Eq. (13). Since all the experiments performed in this study were below 500 K, only Eq. (13) will be considered. There is some similarity between Eqs. (17) and (16), discussed later. Van Ho and Harriott (1980) 
Values of the parameters in the model were obtained by minimising D using the MATLAB routine lsqnonlin. Parameters were estimated using only the kinetic measurements in period I of the experiments, viz. for CO 0.1 bar p  . During this process, rate expressions for Models I and IV were substituted into 1 ' r of Eqs. (6) to (10) while a rate expression for the water-gas shift reaction (Lim et al. 2016) was substituted into 2 ' r , i.e.
 
In general, the solution of Eqs. (6) to (10) 
Model I
Model I was first proposed by Sughrue and Bartholomew (1982) for CO methanation for temperatures below 525 K. They performed continuous experiments on monolithic catalysts using an internal recycle reactor. Since their experiments were performed in a continuous reactor, the batch method developed here offered an opportunity to compare techniques. Figure 18 illustrates the result using Model I for CO methanation and the experimental results obtained at 453 K for different initial partial pressures of H 2 . 
Model IV
The agreement between the experimental measurements and the modelling results, using Model IV for the rate of CO methanation, is illustrated in Figures 20 and 21 . It is clear that there is good agreement between theory and experiment. Model IV predicts a deceleration of the rate of reaction towards the end of period I of the reaction, so that the variation of p . This behaviour was not found in the partial pressures of higher hydrocarbons, such as C 2 H 6 and C 3 H 8 , and their partial pressures were found to be approximately unchanged after the amount of CO present fell to zero. Also, the total equivalent amount of carbon in the gas phase decreased steadily over time before the depletion of CO, suggesting the accumulation of carbon-containing species during this period which could not be accounted for by the sum of all the carbon-containing species in the gas phase. The nature of these species is speculated to be either liquid hydrocarbons in the pores of the catalyst or carbonaceous species on the surface of catalyst. It should be noted that CO adsorbed on the surface of the catalyst could also contribute to the consumption of CO from the gas phase. The recovery of the total carbon in the gas phase after the depletion of CO p , i.e. p was increased, the rate of reaction increased and the selectivity towards CH 4 was greater. However, the selectivity towards other light paraffins remained relatively unchanged. The increased selectivity of the reaction towards CH 4 led to a higher proportion of carbon contained in the species in the gas-phase as illustrated in Figure 8 . Conversely, when CO p was increased, both the rate of reaction and the CH 4 selectivity decreased. Over the range 443 -473 K, the fractional conversion of CO to CH 4 was found to range from 0.22 to 0.30. In general, this was found to be slightly lower than the values reported in the literature of about 0.4 -0.7 % (Zhang et al., 2013; Fujita and Takezawa, 1997; Vance and Bartholomew, 1983) . However, it is noted that the values of CO p explored in this study were significantly larger than those used in investigations by other researchers. Therefore it is reasonable that the fractional conversion of CH 4 was slightly lower.
Comparison with CO 2 hydrogenation
The methanation of CO 2 over the 12 wt% Ni/-Al 2 O 3 catalyst in a batch reaction has been investigated by Lim et al. (2015) . When a similar partial pressure of CO 2 and H 2 was introduced into the reactor in the presence of CO, the reaction was found to proceed via CO methanation instead of CO 2 methanation. This means that CO 2 behaves as a spectator molecule in the bulk gas phase and is not involved as a reactant in any reaction until the depletion of CO in the gas phase. This is consistent with Zhang et al. (2013) , who studied CO methanation from 548 -633 K and over a total pressure range of 1 to 5 bar in a continuous, fixed-bed reactor. They found no effect of CO 2 on the rate and selectivity of the reaction when 0.6 bar of CO 2 was co-fed with a mixture of 1.2 bar H 2 and 0.6 bar CO. This observation suggests that nickel has a much stronger affinity for CO compared to CO 2 and in the presence of CO, the surface of the catalyst preferentially adsorbs CO over CO 2 . This has been confirmed by Inui et al. (1978) , who found that the amount of CO adsorbed was nearly six times the amount of CO 2 adsorbed on a 5 wt% Ni/SiO 2 at 295 K. . However, the rates of production of CH 4 with time were very different. The CH 4 selectivity in CO 2 methanation was found to exceed 99.5%, which is significantly larger than that observed in CO methanation, with a value of only about 25%. When CO 2 methanation was performed, the rate of reaction decreased over time as a result of the decrease in the partial pressures of the reactants and no marked increases in the rate production of CH 4 were found on depletion of the CO 2 , in contrast to the case with CO methanation during the transition from period I to II. The strong adsorption of CO on the surface of the catalyst suggests that the ratio of hydrogen to carbon on the surface is much lower than in CO 2 methanation, explaining the reduced selectivity for CH 4 in CO methanation.
The variation of the rate with temperature of CO methanation with temperature was found to be more sensitive than that of CO 2 methanation, as observed in Figure 22 (b). For a 10 K rise in temperature, the increase in the rate of consumption of CO, in CO methanation, was more than the increase in the rate of consumption of CO 2 in CO 2 methanation. This implies that the apparent activation energy of CO methanation is different to that of CO 2 methanation, suggesting that the rate-limiting step is different in each case. This is consistent with the postulate that the rate-limiting step in CO 2 methanation is the dissociation of adsorbed CO while that in CO methanation is either the adsorption of H 2 or the reaction between gaseous H 2 and adsorbed CO. Having different rate-limiting steps for these processes is not unreasonable given that the surface of the catalyst is expected to be significantly different under different reaction conditions. The rate of CO 2 methanation decreased in the presence of 2 HO p (Lim et al., 2015) , but the results in the present paper show no such influence of H 2 O in CO methanation. The literature suggests, however, that H 2 O inhibits the rate of CO methanation (Zhang et al., 2013; Sughrue and Bartholomew, 1982) . This conflict in observations is probably explained by the experiments in this paper being performed at temperatures significantly lower than those used in studies where inhibition occurred. It is likely that the low temperature, together with the strong adsorption of CO, led to little opportunity for the competitive adsorption of H 2 O on the surface of the catalyst, which has been proposed as the primary method of inhibition of the rate in CO 2 methanation.
(a) (b)
Nature of catalyst surface
Evidence for the presence of carbonaceous species on the surface of the catalyst or heavy hydrocarbons in the pores of the catalyst can be found in the measurements from temperature-programmed studies of the spent catalyst. That significant quantities of carboncontaining species were available on the surface of the spent catalyst is evident from the evolution of CO 2 in Figure 14 and CH 4 in Figure 15 . The temperature-programmed studies also suggest two main forms of carbon based on the presence of two ranges of temperature in which CH 4 and CO 2 were evolved during the temperature programme. Kester and Falconer (1984) made similar observations and suggested that the CO was adsorbed on two different sites, i.e. one where nickel atoms are bonded to other nickel atoms, the other where there is a stronger interaction between nickel and the supporting material, i.e. Al 2 O 3 . This is consistent with the temperature-programmed reduction studies of the passivated catalyst, where two main regions of reduction of nickel were found. The presence of multiple active sites would also suggest that different processes are active at different temperature, which would lead to different kinetic expressions as suggested by Sughrue and Bartholomew (1982) .
It is challenging to decide whether the presence of carbon-containing species on the surface of the catalyst is the result of adsorbed CO, liquid hydrocarbons or carbonaceous species on the surface from the existing evidence. Studies by Tottrop (1976) and Gardner and Bartholomew (1981) have shown that the rate of formation of carbon on the surface of the catalyst decreases in the presence of H 2 and H 2 O, both of which were available in abundance for most of the duration of the batch reaction. By extrapolating the rate of carbon deposition observed by Gardner and Bartholomew (1981) , where the mass of the catalyst was monitored under a flow of H 2 and CO, there is negligible formation of carbon at temperatures below 473 K. The origin of the carbon detected in the temperature-programmed studies is probably a combination of small quantities of liquid hydrocarbons in the pores and adsorbed CO.
The nature of the adsorbed CO was explored using DRIFTS. Significant amounts of bridge and linear carbonyl groups, as shown by the persistent absorbance bands at 2180 and 2120 cm -1 in Figure 17 (a), are present on the surface of the catalyst. The decrease in the intensity of the carbonyl groups when the catalyst was subjected to pure H 2 at 463 K suggests that the hydrogenation of carbonyl groups was responsible for the evolution of CH 4 in the TPR profile of the spent catalyst at about 473 K. Furthermore, the intensities of bands assigned to the formate groups remained unchanged during the same period, suggesting that a higher temperature is required to hydrogenate these species. The evolution of additional CO 2 in the TPD and CH 4 in the TPR profiles is in good agreement with this observation. The decrease in the intensity of the carbonyl peaks after CO methanation was found to be slower than that after CO 2 methanation, which is expected given that the surface of the catalyst in CO methanation has been found to be much more heavily covered by carbonyl species compared to the case with CO 2 methanation. The IR spectra at temperature above 623 K were also found to be markedly different to those at lower temperatures, suggesting a possible change in the surface of the catalyst as the temperature was raised above 623 K.
Model comparison
It is difficult to discriminate between the two models based on the computer fitting of the models to the experimental results because both models gave reasonable agreement.
Model I assumes that the rate-limiting step is the adsorption of H 2 on the surface of the catalyst and that the surface of the catalyst is mainly adsorbed CO. This agrees with Sughrue very low compared to those explored in this paper. However, it is interesting to note that the value of I b was very much smaller than that reported by Sughrue and Barholomew (1982) .
Model IV was based on an Eley-Rideal mechanism. For this mechanism to be true, the surface of the catalyst must be saturated with CO. The evidence for this has already been discussed. However, it should be noted that a similar rate expression was derived by Van Ho and Harriott (1980) , as given in Eq. (17). If the adsorption constant of H 2 is small, then Eq. 
Conclusions
The conclusions were as follows:
 The rate of reaction of the CO methanation reaction and the selectivity of CH 4 was found to increase with  Two main regimes were identified over the length of the reaction in batch. In all experiments, the reaction initially proceeded with a constant rate period. This was followed by a marked increase in the rate of production of CH 4 after the depletion of CO p . This increase in CH 4 was attributed to the hydrogenation of remaining carbonyl groups on the surface as well as the hydrogenolysis of long-chained paraffins in the reactor.
 The selectivity for CH 4 was found to be significantly lower than that observed in CO 2 methanation. This was found to be consistent with the low H 2 to CO ratio on the surface of the catalyst.
 Temperature-programmed studies performed on the spent catalyst identified two main types of carbonaceous species on the surface of the catalyst. These findings were correlated with the observations in the DRIFTS studies in order to postulate the presence of (i) carbonyl species on nickel clusters and (ii) formate groups on nickel sites which have a stronger interaction with the alumina support. The former was found to be reactive at the temperatures explored in this paper.
 The rate of CO methanation was insensitive to the presence of H 2 O. This was attributed to the strong affinity of the nickel catalyst for CO, which saturates the surface of the catalyst leaving little opportunity for the adsorption of H 2 O.
 The kinetic measurements were compared against the modelling predictions from several rate expressions. Equations (13) and (16) were both found to provide reasonable agreement with the experimental results. The derivation of Eq. (13) assumes the adsorption of H 2 to be the rate-limiting step while the rate-limiting step of Eq. (16) is the reaction of gaseous H 2 with adsorbed CO. The strong adsorption of CO on the surface of the catalyst, evident from various experimental observations, is consistent with both mechanisms. The agreement of these models was found to be less good towards lower CO p , suggesting that the kinetic parameters or the rate mechanism could be a function of the CO coverage on the surface. However, it remains difficult to discriminate between the validity of Eqs.
(13) and (16) with the existing experimental evidence.
 The production of CO 2 during the batch reaction of CO methanation was the result of the water-gas shift reaction.
Using a batch reactor, rather than a continuous one, for the study of CO methanation has certain advantages. The ability to observe intermediate products, such as CO 2 , over the length of batch reaction has demonstrated the strong affinity of the nickel catalyst towards CO.
Furthermore, the validity of different rate expressions, as well as the corresponding kinetic constants, was readily examined over a wide range of partial pressures using the batch reactor.
The progress of CO 2 methanation and CO methanation in the batch reactor was significantly different, as a result of different rate-limiting steps and a significantly higher quantity of carbonyl groups on the surface of the catalyst in the case of CO methanation.
